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Abstract

In oxy-fuel combustion, fuel is combusted in a mixture of O, and recycled flue gas, i.e. the N, is
replaced by CO, with the O, supplied from an air separation unit. The resulting gas consists largely of
steam and CO,, which would be ready for sequestration when dried. In this work, the rate of reaction
of particles of lignite char, typically 1200 4m diameter, in a fluidised bed reactor was determined
using mixtures of O, with either CO, (“oxy-fuel”) or N,. A universal exhaust-gas oxygen (UEGO)
sensor enabled rapid measurements of the oxygen partial pressures in the off-gas, representing a novel
application of this type of sensor. It was found that the rate of combustion of the particles in oxy-fuel
is much more sensitive to temperature than in the equivalent O, and N, mixture. This is because for
bed temperatures > ~1000 K particle combustion in mixtures of N, and O, is rate controlled by
external mass transfer, which does not increase significantly with temperature. In contrast, using oxy-
fuel, as the temperature increases, gasification by the high concentrations of CO, present becomes
increasingly significant. At low temperatures, e.g. ~1000 K, rates of combustion in oxy-fuel were
lower than those in mixtures of O, and N, containing the same mole fraction of O, owing, primarily,
to the lower diffusivities of O, in CO, compared to O, in N, under conditions at which external mass
transfer is still a significant factor in controlling the rate of reaction. At higher temperatures, e.g.
1223 K, oxy-fuel combustion rates were significantly higher than those in O, and N,. The point at
which oxy-fuel combustion becomes more rapid than in mixtures of O, and N, depends not only on
temperature but also on the ratio of O, to CO, or N,, respectively. A numerical model was developed
to account for external mass transfer, changes in the temperature of the particle and for the effect of
gasification under oxy-fuel conditions. The model confirmed that, at high temperatures, the high
concentration of CO, at the surface of the burning particle in the oxy-fuel mixture led to an increase in
the overall rate of carbon conversion via CO, + C — 2CO, whilst the rate of reaction with O, was
limited by mass transfer. Good agreement was observed between the rates predicted by the numerical

model and those observed experimentally.
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Nomenclature

cor C*  concentration of active sites per unit mass of carbon, g

Cr total concentration in the fluidised bed, mol m™
D;; binary diffusivity, involving species a in b, m* s™
D effective diffusivity in a fluidised bed, m*s™
L]
D mean diffusivity, m* s
d, diameter of a sand particle, m
dpm mean diameter of a bubble, m
d, diameter of a char particle, m
E i, activation energy for the rate constant k_, /k, , kJ mol”

. . . 2
gravitational acceleration, m s

h heat transfer coefficient from the particle to the bed, W m™ K

AH,; enthalpy of reaction i, kJ mol™

H expanded height of the fluidised bed, m

H,y height of the fluidised bed at minimum fluidisation, m

J; molar flux of species i, mol m?s’

ki, kg rate constants of gasification per active site, mol s bar™

k> rate constant of gasification per active site, mol s!

kg mass transfer coefficient for a reactant towards a reacting particle, as well as for products
away from it, ms™'

K, equilibrium constant for the overall gasification reaction C + CO, = 2CO, -

Mpatch mass of a batch of char, g

M; molar mass of species 7, g mol™

N total molar flow rate through the bed, mol s™

Di partial pressure of gaseous species i, bar

P total pressure, bar

0 rate of consumption of carbon per particle, mol s™

R, Initial radius of a char particle, m

R universal gas constant, kJ mol” K™

R, rate of gasification of char per unit mas of sample, mol s g’

R; gasification rate expressed as f lux, mol m™ s

R, overall carbon rate at zero conversion, mol s™ g’

R rate of carbon conversion of a single particle of char,= R'_, (Vp Pe ), mol s™

Re, Reynolds number in the particulate phase = U,d,/v, -

Sc Schmidt number = v/D, -



Sh Sherwood number = d,k,/D, -

Shgvep  Sh for equimolar counter-diffusion of reactant and product, -

t time, S

T temperature, K

T, temperature of the fluidised bed, K

T, temperature of the particle, K

AT temperature change between the particle and the bed = 7, — T, K
U superficial fluidising velocity, m s™

U, rise velocity of a bubble, m s™

U minimum superficial fluidising velocity, m s

X conversion of carbon, -

v, volume of a single particle of char, m’

Vi mole fraction of species i, -

Vi bulk mole fraction of species i in the bulk phase, -

Vis mole fraction of species i at the surface of the particle, -

Greek letters

Y ratio of the molar fluxes of CO to CO, at the surface of the particle = Jco i/ Jco,.s, -
thickness of the mass transfer boundary layer, m

£ void in the fluidised bed, -

£ void fraction owing to bubbles in the fluidised bed, -

&y void fraction in a bed at minimum fluidisation, -

£, emissivity of the particle, -

n effectiveness factor of the extent of mass transfer limitations within the particle, -

& mass rate of production of species i based on volume unit of bed, mol m™~ s’

o, density of a particle of char before reaction, g m™

Stefan-Boltzmann constant, W m~ K™

o, dimensionless radius = #/R,,, -

72 tortuosity factor of the region around the particle of pellet, -

¢ stoichiometric coefficient of the global chemical equation for oxidation of carbon
@ mass fraction of carbon in the char, -

D, modified Thiele modulus [56], -

7 fraction of the carbon which oxidises to CO, sufficiently close to the particle of char
to transfer all its heat of reaction to the particle =1/(1 + y ), -

Ve fraction of the carbon which oxidises to CO via the gasification reaction =
(0.5xR )R, -



Abbreviations

BET
CCS
FBC
GHG
pf
UEGO

Brunauer-Emmett-Teller
carbon capture and storage
fluidised bed combustion
greenhouse gas

pulverised fuel

universal exhaust gas oxygen



1. Introduction

The combustion of fossil fuels such as coal to generate electricity contributes substantially to the
total anthropogenic emission of carbon dioxide [1]-[3]. To meet the projected demand for electricity it
is unlikely that this use of fossil fuels can be replaced by renewable sources of energy, such as wind,
solar or biomass, over the next two decades [4]. Accordingly, because of the link between the
concentration of CO, in the atmosphere and climate change, means are needed to be able to continue
using coal whilst capturing the CO, generated and sequestering it in suitable geological structures [5],
commonly referred to as Carbon Capture and Storage (CCS). Though no proven CCS technique has
yet been proven at scale, the economics of CCS are much enhanced if only CO, is the gas to be
captured.

There are two main methods of burning coal for power generation: pulverised coal combustion
(pf) and fluidised bed combustion (FBC). Currently, about 97% of the world’s coal-fired plants use
pulverised coal [6], but there has recently been renewed interest in fluidised beds. This is because
fluidised bed combustion is less sensitive to coal quality, and has attractive characteristics with
respect to noxious emissions amelioration. There will perhaps also be a trend towards co-firing with
biomass, but transport costs may limit its use to power stations of around 400-500 MW (thermal), a
size not necessarily suitable for new pf plant, but viable for FBCs. Fluidised beds also lend
themselves to pressurised operation (unlike pf plant), and then the char within the bed reduces
nitrogen oxides to molecular N, so that the inherent levels of NO, from FBCs are potentially less than
from pf boilers [7].

One technique for creating an off-gas stream of virtually pure CO, is to use oxy-fuel combustion.
Here, the fuel is burned in a mixture of oxygen and CO,, rather than air, resulting in an off-gas
containing mainly CO, and H,0. Combustion with pure O, would result in too high a flame
temperature, necessitating recycling of some CO,. Air separation plant is required to produce the O,
and the flue gases must be compressed for recycling, thus reducing the efficiency of a pulverised fuel
(pP) fired plant with a conventional steam cycle from ~40% to ~29% [8]. However, the advantages of
this technology are (i) both combustion and air separation technology are well developed, (ii)
conventional furnaces using air can probably be retrofitted to use mixtures of oxygen and CO,, and
(ii1) reduced NO, emissions. The latter advantage arises from (a) less thermal NO, because gaseous N,
is absent, and (b) the chemical reduction of fuel-derived NO, when a proportion of the CO,-rich flue
gases is recycled in order to dilute the incoming pure oxygen [8]. Whilst oxy-fuel has been
demonstrated in pulverised fuel burners [9]-[18], less work has been done using this technique in
FBCs (e.g. [19]-[31]) and little has been published on the fundamental mechanisms of combustion
using oxy-fuel in a fluidised bed (e.g. [32]-[33]). Accordingly, this paper is concerned with an

experimental and theoretical investigation of the rates of combustion of a lignite char in a bubbling



fluidised bed, fluidised using either air or oxy-fuel. Particular attention has been paid to factors

affecting the reaction rate in oxy-fuel as compared to air.

2. Experimental

2.1. Materials

Fuel and preparation of the char. A char prepared from a low-rank Hambach lignite coal, supplied by
RWE Power AG, Germany, was investigated in this work, and has been described previously
([6],[341,[35]). The lignite char was prepared from its parent lignite by pyrolysis in nitrogen in a
fluidised bed of sand at 1073 K. The reactor had an inside diameter of 78 mm and was made from 316
stainless steel. A detailed description of the apparatus and the experimental method have been given
elsewhere ([6], [34]). The elemental analysis (CHN analysis) of the char, together with its ash content,
is shown in Table 1. The initial BET area was about 235 m” g'. Finally, the char was sieved to six

different size fractions: 600-710, 710-850, 1000-1400, 1400-1700, 1700-2360 and 2360-2800 xm.
[Table 1 hereabouts]

2.2. Apparatus and Method

Batch experiments were performed in a fluidised bed made of quartz of i.d. 125 mm and length
610 mm, provided with a porous frit as the distributor (with pressure drop sufficient to ensure uniform
fluidisation), situated 220 mm from the base of the reactor. A narrower section at the top of the
reactor, i.d. 40 mm and length 190 mm, increased the gas velocity leaving the bed to prevent ingress
of air. A schematic diagram of the general arrangement of the apparatus is shown in Figure 1. The
reactor was externally heated by an electric furnace. The temperature of the bed was measured by a
K-type thermocouple (1.5 mm dia.) inserted into the top of the bed (with the tip situated 50 mm above
the distributor plate), and the furnace controlled the bed temperature at the desired value. Air or oxy-
fuel was supplied through a connection at the base of the reactor. Dry, high-purity gases, supplied in
cylinders by BOC plc., were used with a moisture content <20 ppm, because the rate of combustion
of CO in air depends on [H,0]"” [36]. The flow rates of oxygen, nitrogen and carbon dioxide were
controlled with rotameters calibrated at 293 K and 1 barg. A steady fraction of the off-gases leaving
the reactor, ~50 cm’ s (293 K, 1 bar), was sampled through a capillary of internal diameter 1.0 mm,
the exit of which was introduced to a universal exhaust gas oxygen sensor (UEGO Bosch LSU 4.9),
described in Section 2.2.1. The UEGO sensor was housed in a custom-made remote sampling head
connected to an in-house electronic system [37]. The tip of the sampling capillary was placed about

150 mm above the top of the bed to minimise the chance of sand being drawn into the sampling line.

[Figure I hereabouts]



In a typical experiment, the reactor was filled with 1000 cm® of pure silica sand (David Ball
Group plc, moisture content < 0.1%, sieved to +355,-425 um). The reactor was then heated to the
desired temperature, viz. 1023 — 1223 K. The mole fraction of O, in the fluidising gas was typically
20.9 mol.% with the balance N, or CO,. The total volumetric flow rate was ~715 cm’ 5™ (at 293 K,
1 bar), giving U/U,,s ~3.4 — 4.5 at T'=1023 — 1223 K, with U being the superficial velocity at the
temperature of the bed and U,,, the superficial velocity at incipient fluidisation, calculated from the
correlation of Wen and Yu [38]. Then, a known mass of fuel, typically 0.25 g, was added to the
reactor and allowed to react completely. For each set of experimental conditions, at least three tests
were performed. The amount of fuel added to the bed was adjusted to avoid complications arising
from mass transfer between the bubble and the particulate phases (as described in section 4.1). The
time for the batch burn-out of fuel was typically between 60 and 600s. In some particular
experiments, the inlet mole fraction of O, was reduced to 2.5 mol.%, balance N, or CO,, with a total

volumetric flow rate of ~600 cm’ s™ (at 293 K, 1 bar), giving U/U,,,~2.8 — 3.8 at T=1023 — 1223 K.

2.2.1 The UEGO Sensor

Determining the rate of carbon conversion in an oxy-fuel system usually requires measurement
of the concentration of two of the species in the outlet to allow a full carbon balance, (e.g. [CO,] and
[CO], or [O,] and [CO], e.g. [39]). In addition, whilst measurements of gasification rates are possible
with relatively slow sensors (e.g. typical, commercially-available infra-red analysers [35]),
measurement of combustion rates in O,, especially for small particles of char (d, < 1000 um) requires
a sensor with a time constant of the order of 0.1 s (e.g. [40]). In this work, a UEGO sensor was used,
because it is a well-established device for the measurement of relative ratios of air and fuel in internal
combustion engines. With a response time of 12 — 20 ms [41], the UEGO is fast enough for the
experiments with the fluidised bed. Details of other applications may be found in numerous texts (e.g.
[42],[43]). A detailed description of the mode of operation can be found elsewhere [37],[41],[44].

The UEGO sensor responds not only to the oxygen concentration, but also to any reactable gases
such as CO in the off-gas leaving the fluidised bed. Whilst at first this may seem problematic, the fact
that the sensor responds to CO, means that only one measurement is required for a full carbon
balance. The UEGO response to CO in the off-gas is as follows: once inside the cavity of the sensor,
CO is rapidly oxidised to CO; on the platinum electrode according to a catalysed form of the reaction:
COg) t+ /205 — COy). This reaction removes half a mole of O, for every mole of CO, so,
everything else being equal, the amount of oxygen pumped into the measurement cavity to maintain
the partial pressure of O, at the control point is increased. Since the sensor returns a voltage
proportional to the oxygen pump current, the UEGO accordingly should operate as a total combustion
meter, returning a voltage reflecting the oxygen concentration which would obtain if all the carbon

had been oxidised immediately to CO, in the bed. (In fact in the ‘“normal” automotive use of the
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UEGQO sensor this is a pivotal characteristic.) To test this hypothesis, the following three cases were

tested experimentally:

e C(Case I: starting with 80 mol.% N, and 20 mol.% O, (and no CO) the concentrations of CO and O,
were increased in line with the stoichiometric ratio given by Reaction ( 4 ) , below (e.g. 0.6 mol%
CO, 20.3 mol% O, 79.1 mol% N,). The balance remained N,. Thus the effect of the full oxidation
of the CO on the platinum catalysts should be to return the mixture as being almost 20 mol.% O, in
a mixture of N, and CO, The percentages of CO, and hence CO,, present are so small compared
with the N, that the fact that Reaction ( 4 ) is not equimolar should not matter.

o C(ase 2: starting again with 80 mol.% N, and 20 mol.% O,, the concentration of CO was increased
but this time the concentration of O, was held constant with the balance being N, (e.g. 0.6 mol%
CO, 20 mol% O,, 79.4 mol% N,).

e C(Case 3: same as Case 2 but started with 79.5 mol% N, and 20.5 mol% O, and involved adding CO
while holding the concentration of O, constant (e.g. 0.6 mol% CO, 20.5 mol% O,, 78.9 mol% N»).

The voltage output from the UEGO sensor for these three cases was plotted in Figure 2. For

comparison, the voltage output was also predicted using the diffusion model proposed by [37]. It is

apparent that the variation in V,, with the concentration of CO in Case I is negligible compared with
the change in output obtained by increasing concentration of O, by just half a percentage point

(Case 2 to Case 3). This supports the view that the UEGO sensor’s response to CO is dominated by

the near instantaneous Reaction ( 4 ) on the surface of the electrodes. In fact, the behaviour of a

UEGQO sensor when exposed to a mixture of CO and CO, is of great practical use.

[Figure 2 hereabouts]

One useful consequence of this is that the mole fraction of N, in the cavity is always the same as
the mole fraction being fed into the reactor when the bed is fluidised in a mixture of O, and N,
because the net effect across the bed and the platinum electrodes is that each mole of O, removed by

reaction with carbon is replaced by a mole of CO..

3. Theory

To a first approximation, char conversion is described by the following global chemical

reactions:

Co + %05 — COy AH Yo =-111 kJ mol™ (1)



Co T On) = COxg AH Joer = -394 kJ mol™! (2)
Cis) + COxg — 2COy, AH 35 = +173 kI mol”! (3)

COy + ¥40s(g) — COxg AH 35 = -283 kJ mol™ (4)

Reactions (1), (2 ) and ( 3 ) occur only at surfaces, which may include active sites inside the
porous structure of the char. Crucially the analysis that follows treats the combustion reactions, ( 1)
and ( 2 ), and the gasification reaction, ( 3 ), as being independent.

Three effects are known to control the overall rate of combustion: (i) the transport of species
across the gaseous boundary layer surrounding the particle, (ii) the transport of species within the
porous structure of the char particle and (iii) the kinetics of the reactions (i.e. 1-4). The intrinsic
kinetics of the reactions with oxygen are usually sufficiently fast that allowance must be made for
mass transfer. Here, these effects are taken into account by solving the equations governing mass
transfer external to the particle in order to calculate the surface concentration of CO,, and assess the
contribution of the gasification reaction, ( 3 ), to the overall rate of char conversion. As discussed
below, the reaction with O, is so fast that it is limited by external mass transfer for the char,
temperature and range of particle sizes used. Since this paper is concerned with the combustion of
batches of char within a fluidised bed, it is further assumed (i) that the amount of reactant consumed
during the reaction is sufficiently small for the bulk gases in the particulate phase to be at the inlet
concentration, and (ii) there is no cross flow limitation. To avoid complications arising from the
shrinkage and evolution of pore structure in the char during conversion, only the initial rate of
combustion is considered.

3.1. Combustion kinetics

It is generally accepted that both CO and CO, are primary products, presumably produced at
wholly different active sites [45]. However, there remain fundamental difficulties in distinguishing
between primary CO, and that produced by rapid oxidation of CO in the high temperature region
close to the particle. Arthur [46] studied the combustion of two carbons of widely-different
reactivities, using a flow method, with POCI; vapour added to the oxidising gas to suppress the
oxidation of CO. The ratio of the rates at which CO and CO, are produced at a carbon surface (i.e. the
ratio of the rates of reactions ( 1) and ( 2 )) was found [46] to be given by

ﬁ=2500exp{—@] (5)
CO,.s r
where J;; is the molar flux of species i at the surface of the particle. This ratio was independent of (i)
the burning time, i.e. the diameter of the carbon particles between 1000 to 2800 um, (ii) the air
velocity (for 7 < 1173 K), and (iii) the initial partial pressure of oxygen in the range 0.05 — 0.25 bar.
This result excludes the effect of CO, reacting with the solid carbon, Reaction ( 3 ), because

experiments were conducted at temperatures where gasification is negligible compared to combustion
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in air. A later work [47] supported Eq. ( 5), although other studies have suggested that the exact ratio
depends on the type of fuel as well as the particle diameter and the oxygen partial pressure at the
surface [47]. It is also worth noting that the presence of impurities in the char has been found to
favour the production of CO, [48]. Nevertheless, Eq. ( 5 ) appears to be a good approximation.

For a particle at a typical bed temperature, 1073 K, Eq. ( 5 ) implies that the ratio of CO to CO, is
greater than 7:1. Ordinarily, a large proportion of this CO would be further oxidised to CO, in the
mass transfer boundary layer. The two most likely intermediate steps in this secondary reaction both
involve hydrogen-containing radicals [45]:

CO + OHg — COxg + Hy) (6)
COg) + HOyg) — COxg) + OHy) (7)
It has been shown that a fluidised bed filled with silica sand inhibits Reaction ( 4 ) probably by
providing a large surface area on which these radicals can recombine [49],[50]. Below ~1023 K,
negligible combustion of CO is thought [50] to occur in air anywhere in the bed but CO can still burn
above the surface of the fluidised sand. Above ~1073 K, combustion also occurs in the bubbles that
form within the bed but there is still little or no combustion in the particulate phase. For a fluidised
bed operating at minimum fluidisation there are, theoretically, no bubbles. In practice, however, it is
necessary to operate a bed significantly above this minimum mainly because it is the bubbles that are
responsible for ensuring that the bed is well mixed. Nevertheless, the bubbles constitute a small
fraction of the total bed volume and it is known that a particle spends only a small fraction of its time
in contact with a rising bubble [51],[52].

On this basis, and also because the gases used were dry, it has been assumed that the conditions
are such that the kinetics of CO oxidation in the gas phase will be slow. Thus, a significant share of
the enthalpy change of CO combustion (4H 4 = -283 kJ mol™) is released well away from the particle,
either in the bubbles or in the freeboard. As a result, the temperature rise associated with the
combustion of the particle will not be marked, especially given that the main product of combustion at
the surface of the particle is CO (AH;,=-111kJ mol’ compared with complete combustion of
carbon, AH;) =-394 k] mol™) and the bed has a high specific heat capacity and is well-mixed. To
verify this assumption, an energy equation has been considered in this paper to account for changes in

the temperature of the particle. This is discussed further in Section 5.1.

3.2. Gasification kinetics

It is generally considered that Reaction ( 3 ) is insignificant for FBC in air at typical operating
temperatures (1073 — 1273 K). However, under oxy-fuel conditions there is a much higher
concentration of CO, so that Reaction ( 3 ) might be more significant than for combustion in air. It
should be noted that here the gasification of the char by water vapour has been neglected because

there is little hydrogen in the char and no moisture in the fluidising gases. The most widely-accepted
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mechanism for the gasification of carbon by CO,, Reaction ( 3 ), is the oxygen exchange scheme

proposed by Ergun [53] leading to

2ck (Pco K

P CYAN Cya T ®

Here, k,,k, andk, are the rate constants per active site, ¢ is the concentration of active sites per unit

' —
Rg,O_

mass of sample and p;, is the partial pressure of species i at the surface of the particle. The

equilibrium constant &.,/k; for three types of carbon is best given by [53]

K/l =2.4x10" expl-E, , /RT] (9)
with the activation energy E; e =95 kJ mol’, although it varies somewhat with the type of carbon
[54].

Saucedo et al. [35] characterised the char used in this study and found the Ergun expression to

give a reasonable fit to the measured rates between 1048 and 1248 K. A summary of the kinetic

parameters [35] is given in Table 2.

[Table 2 hereabouts]

3.3. Intra-particle mass transfer

It is important to consider the effect of intra-particle diffusion within a reacting particle of char.
In the general case, diffusion of oxygen into the centre of the char can influence the overall rate of
reaction. However, for highly reactive carbons, such as those formed from low rank coals (e.g.
lignite), combustion tends to be diffusion controlled [55], implying reaction at the surface of the
particle which therefore shrinks with constant density. Thus it was assumed here that oxygen does not
diffuse significantly into the centre of the particle because it reacts immediately on the external
surface: this is discussed further in Section 5.2. The same is not true for the slower gasification
reaction where CO, is present at the surface of the particle in significant concentrations and, therefore,
has the opportunity to diffuse into the centre. Brown et al. [34] calculated the modified Thiele
modulus using the method outlined by [56] for a Langmuir-Hinshelwood rate expression: the
calculation was based on experimental measurements of the mass transfer coefficient during
gasification of Hambach lignite char particles at 1073 K. The value of @, =0.12, for d, = 1200 um,
was comfortably below the critical value of 0.3, above which internal diffusion becomes significant.
This was confirmed using the Cylindrical Pore Interpolation Method (CPIM) [35], a multicomponent
flux model based on the Stefan-Maxwell equations, modified by a momentum balance [57], to

describe the diffusion and advective transport within the particle. In [35], intra-particle mass transfer
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limitations were not significant at temperatures below 1123 K. However, at higher temperatures, i.e.
T> 1173 K, the effectiveness factors, #, defined as the ratio between the overall rate of reaction and
the rate of gasification if no mass transfer limitations were present within the particle, were below 0.8,
indicating that the effect of internal mass transfer becomes increasingly significant at temperatures

above 1173 K.

3.4. External mass transfer

It is assumed that if small particles of char are added to a fluidised bed they enter the particulate
phase, being roughly of the same order of size and mass as the sand, and are then subject to the
interstitial gas velocity through the particulate phase. Hence, the Reynolds number for flow of the
particulate phase gas around the particles is small, leading to the common assumption of a spherically
symmetrical mass transfer boundary layer [58].

The material balance for the boundary layer around the particle of char, ie. from r=R, to
r =R, + 6, under pseudo-steady state conditions for the i-th species leads to

1 d(r*J))
2 dr

Here, J; is the molar flux per unit area of species i and ¢ is the molar rate of production of species i

£ =0. (10)

based on volume unit of bed. For combustion in air i is one of N,, O,, CO,, CO, whilst for oxy-firing
N, can be excluded [32]. Equation ( 10 ) was rearranged to give Equations ( 11 ) to ( 14 ). It was
assumed that & was zero for all species, i.e. there are no secondary reactions within the mass transfer

boundary layer, o.

“eo ¢ -2 (11)
dr r
dJ, 2

;Oz = gco2 __Jcoz (12)
r r
dJ 2

sz = &, — =y, (13)
r r
dJ, 2

dOz = 502 __Joz (14)
r r

The molar fluxes in the boundary layer are given by the Stefan-Maxwell equations ([32],[57]):

dyco _ ﬂ ycoJN2 _J’Ncho + ycoJco2 _yconco + J’coJo2 _J’onco (15)
dr P D(%,N2 Dce'}f(f),co2 Dgé,oz
dyco, _ RT Yeo,IN, =N, co, + Yco,Jco~Ycolco,  Yco,Jo, = Vo, co, (16)
- eff eff eff
dr P Dcfoz,Nz Deo, co C0,,0,
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dyx, _ RT In,Jco, ~Veo, I, N In,Jdeo—Veodn,  In,Jo, = Vo, I, (17)
dr P DY o, DY o NS

dyo, _ RT Yo,/ co, ~Yco, o, N Yo,Jco=Ycodo,  Yo,In, ~In,Jo, (18)
dr P DY co, DY o DY\,

where y; is the mole fraction of species i. Strictly speaking, with non-equi-mass diffusion, a pressure
gradient is required to ensure conservation of momentum; however, in all experiments presented in
this paper, the permeability of the bed is large, and pressure gradients small compared to the absolute
pressure and that required to ensure fluidisation. Thus, pressure variations can be neglected in this

model, and the pressure is taken to be constant.

The effective diffusion coefficient, D:‘:j? , is given by
eD; ;
chjg” — 2,.1 ( 19 )

T

where the molecular diffusivities, D;;, were calculated using the equation of Fuller et al. [59]; ¢ s the

voidage in the particulate phase and 7?2, the tortuosity, corrects for the fact that some area for flow is
occupied by fluidised particles, and that the diffusion path is lengthened by gas having to diffuse
around these particles._For the diffusion of N species, only (N-1) of the Stefan-Maxwell equations are
independent. Furthermore, the continuum diffusion coefficients were used since the spaces between
particles in the particulate phase have lengths scales d, =390 yum, much greater than the mean free
path for the gas molecules.

Solving the set of Equations ( 11 ) to ( 18 ), for each of the species involved is complicated by
the fact that the complete set of boundary conditions is not known either at the surface of the particle
(r=R,) or at the boundary with the bulk flow (» =R, + ). The mole fractions at » =R, +J are
straightforwardly set by the mixture of gases fed into the reactor. At the surface of the particle, the
assumption has been made that the combustion is controlled by external mass transfer of O,, giving

Y0, = 0 (discussed in Section 5.2.) Thus, the boundary conditions for all air and oxy-fuel combustion

experiments were:

r =R, Y0,s=0 (20)
r=R,+90 Vi = Yibuks Where i = O, Ny, CO,, CO. (21)

Since N, is inert, Jy, =0 at the surface of the particle (and indeed everywhere). An important

parameter in the solution of the mass transfer equations surrounding the particle is the thickness of the
boundary layer, d, surrounding the spherical particle of char. The determination of this parameter is
described in Appendix A.

Finally, conservation of carbon and oxygen atoms at the surface of the particle yields conditions

for the molar fluxes. In terms of molar fluxes, conservation of O, yields:
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2Jo, +Jco +2Jco, =0. (22)

Now, considering the global chemical equation for oxidation of carbon at the external surface of the

particle:
(p+q)C@—F(§+q)Oz® — pCOy +4CO,, - (23)

In the simple case without gasification, the total flux of carbon leaving the particle (equal to the rate

of combustion per unit external surface area) is

pP+q plg+l
Jo =———+ 217" g
pl2+q" " plRg)+1” (24)

where p/qg = y and y = 2500exp[-6240/T] from Eq. ( 5).

Jeo +Jco, = —

If the gasification reaction ( 3 ) is to be considered, the apparent gasification rate expressed as

. 5
flux, R, ,inmol m~s",

" d,p
_ pre
Ry=R'y ="~ (25)

must be added to Eq. ( 24 ), for char particles with an initial density, p. and apparent diameter , d,,.

The total flux of elemental carbon away from the surface is now given by

e
_plg+l o By (26)

Jeo tJco, = —
Cco CO, p/(2q)+1 0, 2

Finally Eq. (26 ) can be combined with Eq. ( 22 ) to give Jco and Jo, in terms of Jeo,:

(B=1)co, + 0.5R,

2
h‘éé) (27)

Jeo, +0.5R,

__Gjézyi (28)

Jeo =

Jo, =~

ptq _ y+l

where B = = .
p/2+q y/2+1

A pseudo time-marching scheme was used to solve the model equations. This involved guessing
a complete set of variables at the surface of the particle (» = R,) and stepping outwards to the edge of
the boundary layer (r = R, + J) using a differential equation solver. It was then possible to adjust the
initial guesses until the free stream boundary conditions were met. This was done using Matlab’s
inbuilt ODE solver, ode45, which uses a Runge-Kutta method.

Using Egs. ( 11 ) to ( 18), the first derivatives of the mass fractions and the molar fluxes can be
calculated at any point in space given the mole fractions and the molar fluxes themselves. The
variables are combined into one vector, herein defined as 0, so that d@/dr incorporates all the

derivatives:
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9=|_Jco Jcoz JNZ Joz Yco Yco, N, J’OZJ (29)

40 _[diy Ao, Ay, Ao, dye, Deo, D, dyoz} (30)

dr dr dr dr dr dr dr dr dr

In an outer loop Matlab's fsolve routine was used to vary the 'free' initial conditions (i.e. the mole

fractions of N,, CO and CO, and the molar flux of CO,, Jco,, at the surface of the particle) until the

error between the computed and specified free stream boundary conditions was below a specified

tolerance.

4. Results
4.1. Variation of initial rate with batch mass

Figure 3 shows the typical measured change in the mole fraction of O, across the bed,

A(Yo,)=Y0, our = Yo, n» during the combustion of a batch of lignite char at 1023 K in air. The graph
shows a maximum consumption of O, at ¢ = 0; after this, A(y,, ) decreases until the reaction finishes
after about 60 s. The overall rate of carbon conversion, R'., in mmol s' g, was calculated from the

change in oxygen concentration across the bed using Eq. ( 31 ), where N is the total molar flow rate

of gas through the bed (assumed constant) and m, ,, is the initial mass of the batch of char.

R'L,:M (31)

My a1ch

[Figure 3 hereabouts]

An optimal mass of batch, my,, for the experiments had to be ascertained to ensure that it was
neither large enough for the transfer of gas from the bubble phase to the particulate phase to control or
influence the rate of combustion nor so small as to render actual deviations in the concentrations in
the off-gas being influenced substantially by experimental noise. This was verified by performing
experiments in which progressively larger batches of lignite char with masses between 0.05 and
0.47 g (and mass intervals of ~0.03 g), were added to a bed fluidised in air at 1023 K. Figure 4 shows

that, for batches between 0.05 and 0.30 g, the average initial rate of carbon conversion, R'.,, was

~2.29 +0.07 mmol s g indicating that, for batches in this range of mass, cross flow between the

bubble and the particulate phases did not limit the reaction. For mp,., larger than ~0.30 g, R'_

decreased almost linearly by further increasing the batch mass. Thus, all experiments described in the

following sections were performed with m,., ~0.25 g. The relatively large batch maximised the
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deviation between the inlet and outlet concentrations of O,, thereby reducing the error associated with

calculating rates of reaction, which use difference in [O,] between inlet and outlet.
[Figure 4 hereabouts]

The rate of carbon conversion, X, over time was, in turn, defined as

dx 12NA(y,) 12R,
dt mbatch(D %4 '

(32)

Here, ¢ is the mass fraction of carbon in the char, equal to 0.8569 from Table 1. Figure 5(a) shows
the total carbon conversion, as calculated from Eq. ( 32 ), for the 15 batches described in Figure 4.
The average conversion for all experiments was ~1.0 + 0.013, indicating a good closure of the mass
balance and accurate readings of the mole fraction of O, with the UEGO sensor. Figure 5(b) shows
the conversion of carbon with time for 6 different batch masses. The similar transient conversion
profiles for the batches with mass < 0.29 g confirm the observations from Figure 4 to find an optimum

value for mpgen.

[Figure 5 hereabouts]

4.2. Effect of particle diameter on the combustion of lignite char

A series of experiments was performed for a variety of char particle sizes, i.e. average d, of 655,
780, 1200, 1550, 2030 and 2580 um, across a range of temperatures from 1023 to 1223 K. Figure 6

shows the initial rates, R'.,, against d, for several batches at different temperatures. It can be seen

that (i) the rates vary very little with temperature, particularly with larger char particle sizes, i.e.
d, > 1200 um, and (ii) there is a clear dependence of the rates on particle diameter. Taking (i) and (ii)
together suggests that combustion is controlled by external mass transfer to the particle. Any slight
temperature dependence of the rates can be attributed to changes in the diffusivities of the gases.
Hence, for the experiments described in Section 4.3, it was decided to use char particles with an

average diameter of 1200 um.

[Figure 6 hereabouts]
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4.3. Rates of combustion in air compared with oxy-fuel

Batch experiments with lignite char were undertaken under oxy-fuel conditions in 20.9 mol.%
O,, balance CO,, for temperatures between 1023 and 1223 K. The initial rates, assuming a total
carbon conversion to CO,, are shown in Figure 7 and compared with the equivalent initial rates
measured during air combustion (20.9 mol.% O,, balance N,). The rate for the oxy-fuel experiments
increases considerably with temperature. At low temperatures, i.e. below 1123 K, the overall rate of
carbon conversion was lower under oxy-fuel conditions than for air combustion, as noted above for
1023 K. At T ~1123 K, the rate was very similar in both cases and, at higher temperatures, oxy-fuel

rates were faster than air combustion rates.

[Figure 7 hereabouts]

Experiments were also undertaken with an inlet mole fraction of O, of 2.5 mol.%, balance N, or
CO,. The observed initial rates of carbon conversion at different temperatures are shown in Figure 8.

Again, there appeared to be little temperature dependence on R',, for combustion with diluted air. At

T>1073 K, the observed rates in oxy-fuel were significantly faster than in diluted air.

[Figure 8 hereabouts]

Figure 9 shows the profiles of the overall rate of carbon conversion over time for two different

temperatures under air and oxy-fuel combustion with yo,, s of (a) 20.9 and (b) 2.5 mol.%, balance N,

or CO, for air and oxy-fuel combustion, respectively. Interestingly, the conversion of carbon was
faster for air than for oxy-fuel combustion at 1023 K. However, at 1223 K, the conversion of oxy-fuel

combustion was faster, particularly with yo, . = 0.025 (Figure 9(b)), where the total burnout time is

reduced by ~280 s (and only by ~5 s with yo, pux = 0.209).

[Figure 9 hereabouts]
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5. Discussion
5.1. Particle temperatures

The experiments summarised in Figure 7 suggest that there is an increase in the overall rate of
carbon conversion with temperature during oxy-fuel combustion owing to rates of gasification
becoming significant, particularly at 7> 1123 K. However, it is expected that Reaction ( 2 ) and the
oxidation of CO sufficiently close to the particle, Reaction ( 4 ), both being highly exothermic, would
lead to an increase in the temperature of the particle of char. A significant change in the temperature
of the particle could have some effect on the rate of carbon conversion, particularly under oxy-fuel
conditions, as gasification is rather sensitive to temperature under the conditions studied. Thus, in
order to determine the average difference in temperature between a particle of char and the fluidised

bed, a steady-state energy balance on a reacting particle was performed [60], thus:

_R:[(l_lz)(AHl "'Zl(AHz _AHl))+ZzAH3]= ﬂdih(Tp _7;7)+5r77d;290_(T: _Th4) (33)

where R, is the rate of carbon conversion of a single particle of char in mol s, e

"

R.=R'., (Vp pe); x, 1s the fraction of the carbon, which oxidises to CO, sufficiently close to the

particle of char to transfer all its heat of reaction to the particle, here taken as y, = 1/(1 +y); y, is the
fraction of the carbon, which oxidises to CO via Reaction ( 3 ), i.e. y, = (0.5 xR, )/R'C .InEq.(33),

h is the heat transfer coefficient from the particle to the bed, here assumed to be in the range
500 150 W m” K™, in accordance with reported values from several different methods for d,
~1200 um and d, ~390 um [64]; &, is the emissivity of the particle, taken to be unity [60]; o is the
Stefan-Boltzmann constant (5.67 x 10® W m™> K™*); T, » 1s the temperature of the particle and 7, is the
temperature of the bed.

Care is needed when using Eq. ( 33 ) in the model to avoid a circular argument. First, the initial
rates of gasification and carbon conversion (R', , and R',,, respectively) are estimated by using the
temperature of the bed, 7}, which are in turn used to estimate the temperature of the particle, 7,,, from
Eq. ( 33 ). Then, the initial reaction rates are recalculated using 7, as the temperature of reaction.
Typically, T, > T,, thus the new estimate of the rate of gasification would be higher than the original
estimate and a lower 7, is expected than that initially calculated owing, mainly, to the endothermic

gasification reaction. Hence, the new rate of reaction is used to calculate a new 7, in an iterative

process until ‘R’ dO-R,(i— l)‘ <1x107'?, where i is the number of iterations performed.
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5.2. Solution of the model

The model was initially investigated by using the kinetic results from [35], shown in Table 2, for
the gasification of lignite char at 1173 K, and Eq. ( 5 ) for the combustion ratio CO:CO,. Figure 10
shows (a) the mole fraction profile and (b) molar fluxes of CO, CO, and O, within the boundary layer

thickness for combustion in air. Here o, is the dimensionless radius in the external boundary later

defined as o, = r/ R,. Also plotted, for reference, is the combustion in air with the rate of
gasification, R', , taken to be zero. It is clear that, in this case, the gasification reaction makes very

little difference to the flux of carbon leaving the combusting particle. This is expected as the [CO,] is
very low at the surface of the particle compared to the much larger [CO]. The initial overall rate of
carbon conversion predicted with the model was R',,=2.63 mmol g s, with the gasification rate,
RV

¢.0» contributing only ~0.13 mmol g s, The estimated temperature difference between the particle

and the bed, AT =T, - T}, was 55 K.

[Figure 10 hereabouts]

Figure 11 shows the equivalent results but under oxy-fuel conditions. In this case, the inclusion
of the gasification reaction has a significant effect on the overall reaction, and thus on the mole
fractions and fluxes close to the surface of the char. The initial overall rate of carbon conversion

predicted with the model was R', ;= 2.88 mmol g 5™, with gasification rate, R' 2.0 ~0.85 mmol g's

'. The estimated AT was 41 K. Ignoring the gasification rate under these conditions (dotted lines in
Figure 11) would decrease the overall predicated rate by ~27%. Of course this is only true at
temperatures high enough for the gasification rate to be significant, i.e. 7> 1123 K for lignite char
[6],[35]. At lower temperatures, say 1073 K, the gasification rate is much slower and has little effect
on the overall rate of carbon conversion under oxy-fuel conditions. For example under the same

conditions as in Figure 11 but at 1073 K the model gave R' ;= 1.93 mmol g's?, with

R', ,=0.07 mmol g's?,

[Figure 11 hereabouts]

Figure 12(a) shows the predicted initial overall rates of conversion of carbon for combustion in
air at different bed temperatures and for char particles of different sizes. These results were compared

with the average rates observed experimentally under the same conditions (shown in Figure 6). For
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particles with d, > 1200 um, there is a remarkable agreement between the predicted and the measured
rates, validating the underlying physics and assumptions used in the model. The model also predicted
a negligible temperature dependence on the rates of air combustion between 1023 and 1223 K.
However, with small char particle sizes, i.e. d, <1000 um, the model tends to over-predict the rates of
combustion, especially at higher temperatures, i.e. 7> 1123 K; there appeared to be a slightly higher
dependence. The contribution of the gasification reaction for all cases in Figure 12(a) was < 3% of the
overall rate of carbon conversion. Figure 12(b) shows the estimated temperature rise between the
particle and bed, AT, using 4 =500 W m' K" AT was between ~30 and 60 K for particles with
d, > 1200 um and between ~75 and 100 K for smaller size particles. These values of AT are relatively
small compared to experimental values reported in the literature for the combustion of large particles
of carbon in beds fluidised by air, e.g. AT ~150 K for d, = 6500 um [60]. However, others ([55],[60])
have also concluded that small particles burn at a temperature close to that of the bed because of the
high heat transfer coefficient for small particles. The fact that the gas used in this work was dry could
also explain the relative low temperature rise of the char particles compared to the higher
temperatures usually observed when water vapour is present in the mixture [61] due to, largely,
oxidation of CO by H,O. In Figure 12(b) AT increases as d, decreases since the same value of 4 was
used for all particle sizes. However, increasing the value of / for the smallest particles, i.e. d, = 655

and 780 um, would have little effect on R'., for air combustion due to the small temperature

dependence predicted for these particle sizes. Accounting for the contribution of the temperature rise

of the particle increased the combustion rate, R'. , by an average of 3.3 + 1.7%.

[Figure 12 hereabouts]

In Sections 3.3 and 3.4 it was assumed that oxygen does not diffuse into the centre of the particle

because it reacts immediately on the external surface, ie. yo,,=0. To test this assumption, the
modelled molar fluxes of O, at the surface of the particle, Jo,,, were compared with the rates of

carbon conversion observed experimentally. Assuming that most of the carbon reacting at the surface
of the burning particle reacts to CO (Reactions ( 1) and ( 3 )), the estimated flux of carbon leaving the

particle, i.e. (-2 x Jo,,), was, for all cases investigated in this work for air combustion, very close to

the initial observed rates of carbon conversion, R' For example, at 1173 K, d, = 1200 um and

¢,0(exp) *

Yoyt = 0.209, R' =0.474 mol m?s"' and (-2 x Jo,,s) = 0.465 mol m?s!. Under the same

¢,0(exp)
conditions but with yo, s = 0.025, the experimental and theoretical fluxes were, respectively, 0.054

and 0.058 mol m™s”'. These observations validate the assumption of the model that all (or most of)

the oxygen reacts on the external surface.
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5.3. Effect of gasification under air and oxy-fuel combustion at different compositions of O,

The experiments presented in Section 4.3 were modelled to compare the initial overall rates of
conversion between the observed and predicted initial rates of reaction. Figure 13(a) shows that the
model predicts very accurately the observed rates at all temperatures between 1023 and 1223 K. By
including the rate of gasification by CO, for the oxy-fuel case (Figure 13(b)), the model also predicts
very accurate results, particularly between 1023 and 1173 K. However, at 1223 K, the model
overestimates slightly the overall rate of reaction by predicting rates of gasification higher than those
observed. This discrepancy could be owing to the fact that intra-particle mass transfer limitations for
the gasification of lignite char were initially ignored in this model. It was suggested elsewhere [35]
that for this type of lignite char the effectiveness factor within the particle of char, #, (defined as the
ratio between the overall rate of reaction and the rate of gasification if no mass transfer limitations
were present within the particle) was significant for temperatures above 1173 K, e.g. ~0.65 at
T'=1223 K. Thus, the model was examined again using # to modify the rate of gasification, i.e.

R R', o %11, where 57 was obtained by fitting a curve to the effectiveness factors at different

g.0.0verall —
temperatures reported in [35]. This was applied to all cases when 7,> 1173 K. The new predicted
values, indicated in Figure 13(b) with (0), are very similar to the observed rates indicating that intra-
particle limitations cannot be ignored under oxy-fuel conditions at high temperatures, i.e. 7,> 1173 K
and for highly reactive chars. Considering intra-particle limitations of the gasification reaction under

air combustion conditions had negligible effect on R, as the contribution of the gasification reaction

is very small even at high temperatures, e.g. 0.002 < y, <0.026 for the model predictions shown in
Figure 13(a).
Figure 13 suggests that, for char particles with diameter of the order of ~1200 yum and

Yoy, buik = 0.209, the overall rate of conversion of carbon with oxy-fuel shows a rather larger

dependence on temperature than does combustion in air, owing to the significance of the gasification
reaction which is not so limited by external mass transfer. One consequence of this is that above
~1123 K the overall rate in the oxy-fuel case becomes faster than that in air. There is, of course, a
separate effect caused by the different diffusivities of O, in CO, and N, but it is believed to be
secondary at temperatures where gasification rates are high, as discussed later in Section 5.4. The
average temperature rise estimated with the model (with =500 W m™ K™") was 58 +4 K for air-firing
combustion and 45 £8 K for the oxy-fuel case, with the lower values of AT as the bed temperature
increases due to (i) higher rates of gasification, and (ii) less formation of CO, at the surface of the
particle. With 7 =350 Wm™ K, ATs were about 9 to 12 K higher than the average values with
h=500 W m" K" while with 2 =650 W m" K™ ATs were about 6 to 8 K lower. The effect of these
small variations in 7, owing to the different heat transfer coefficients had little effect on the overall

rate of carbon conversion, with variations of R’ , within 1 and 3.5% for air and oxy-fuel combustion,
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respectively. Furthermore, ignoring completely any changes in the temperature of the particle, i.e.
Eq. (33), had also little effect on the predicted rates of carbon conversion for air combustion, viz. less
than 5% deviation from the results shown in Figure 13(a). However, for the oxy-fuel case, the
predictions of R'., would have been between 4% and 20% lower than the values in Figure 13(b).
Thus, changes in the temperature of the particle could have a significant effect on oxy-fuel

combustion owing to the sensitivity of the gasification reaction with temperature, particularly at

T,> 1173 K, when gasification rates are significant with this type of char.

[Figure 13 hereabouts]

Figure 14(a) shows good agreement between the model and the experimental results for the
combustion of char in 2.5 mol% O,, balance N,. Under oxy-fuel conditions, Figure 14(b) also shows
good agreement between experiment and model for 7, < 1173 K. However, at T, = 1223 K, the model
overestimates the overall rate of reaction by about 25% if intra-particle mass transfer limitations are

ignored. Of course, with yq ,,, =2.5mol.%, the apparent rate of gasification is much more

significant than with 20.9 mol.% due to the much higher [CO;] in the fluidising gas. The average
temperature rise estimated with the model (with z =500 £150 W m™ K™") was only about 7 +2 K for
air-firing combustion (Figure 14(a)). For the oxy-fuel case, (Figure 14(b)), AT was between 6 +2 K at
T,=1023 K and -2 £1 K at 7, = 1223 K. Thus, under these experimental conditions, the char particles
burnt at a temperature very close to that of the bed and the effect of the small variations in 7), had little
effect on the predicted values of R ;. In this case, intra-particle mass transfer limitations were
examined with the model only for the case of 7,=1223 K in Figure 14(b): at 7,=1173 K the
temperature of the particle was found to be the same as that of the bed. The new predicted value,
indicated in Figure 14(b) with (©), is very similar to the observed rate. Furthermore, with

Yo, puie = 2.5 mol.%, the overall rate of oxy-fuel combustion becomes faster than for air combustion

at temperatures as low as 1073 K.

[Figure 14 hereabouts]

Comparing the two cases described above with yq ., = 2.5 and 20.9 mol.%, it appears that the

temperature at which oxy-fuel combustion becomes faster than combustion in air (or diluted air) is
dependent on the mole fraction of O, and thus the corresponding balance of N, or CO,. Under mass
transfer control, the rate of reaction with O, depends on the driving force for oxygen diffusion (i.e.

Yo, pur) through the boundary layer. In contrast, under oxy-fuel conditions, the rate of gasification
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might be expected to be relatively insensitive to yg_ 4, since the gas close to the surface of the

combusting particle should be largely CO,. Thus, at small mole fractions of O,, gasification could
account for a larger proportion of the total carbon conversion rate. Figure 15 shows the rates
calculated from the model with bulk mole fractions of O, between 5 and 20 mol% with balance N, or
CO,. The temperature of the bed chosen for this comparison was, deliberately, 1123 K. At this
temperature, gasification rates with lignite char are high enough to be significant under oxy-fuel
conditions but not enough to be significantly affected by intra-particle mass transfer. The mole
fraction of CO at the surface of the particle, yco (o, = 1) shown in Figure 15(a), was much higher in
oxy-fuel than in air combustion, with a slightly larger difference between the two cases at lower

values of y, ,,, owing to the higher gasification rates with oxy-fuel. Figure 15(b) shows that with
low yo . the gasification rate accounted for almost 23% of the overall rate under oxy-fuel
conditions while being less than 10% when y,_,,, = 0.20. Under air combustion, the gasification rate
accounted for less than 3% for all values of y, ,,, investigated. At 1123 K, the overall rates of
carbon conversion with oxy-fuel are slightly higher with yg,_,,; < 0.05. The rates become practically
equal with yq ,,, =0.10 and with larger y, ,,, air combustion becomes slightly faster than oxy-

fuel combustion despite [CO] at the surface is still higher for the latter case. At this point, the
difference in the diffusivities of O, in N, and CO, could be the main influence on the overall rate so
that oxy-fuel combustion only becomes faster than air combustion at higher temperatures. Similar
findings than the ones reported here on the significance of gasification during oxy-fuel combustion
and the effect of [O,] in the inlet gas have been reported in the literature using different ranks of coals
and reaction conditions. However, a large amount of this work has been reported in pf combustion

(e.g. [61]-[63]) with less work on FBC (e.g.[33]).

[Figure 15 hereabouts]

5.4. Effect of diffusivities of O, in N, and CO,

In order to investigate the effect of the diffusivities of O, in N, and CO,, the model was evaluated
with different inlet mole fractions of O, under air combustion and oxy-fuel conditions and ignoring

Reaction ( 3 ), ie. setting R', =0. Changes in the temperature of the particle were deliberately
ignored so that the only variable at each temperature and y,_,,, Was the balance gas, i.e. N, or CO..

The predicted initial rates of carbon conversion are shown in Figure 16. For all yq ,,, and
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temperatures investigated, R'., was larger when the balance gas was N, than when exchanged for

CO,. The average ratio of the initial rates of air combustion over oxy-fuel combustion, i.e.

R'. o (combustion / R'c.0 (oxy-fuety » Was for all five temperatures ca. 1.17, 1.21 and 1.23 with y, ,,, = 20.9,

10.0 and 2.5 mol.%, respectively. These results confirm that, at low temperatures (e.g. 1023 K), the
smaller initial reaction rates of lignite char at identical [O,] in an O,/CO, atmosphere compared to
0,/N, mixtures are due to the lower binary diffusivity of O, in CO, than that in N,. At higher
temperatures (e.g. 1223 K) the higher initial rates observed and predicted under oxy-fuel conditions
compared with air combustion, e.g. Figures 13 and 14, are due to the more significant reaction rates of

gasification, without which R'. ; would be somewhat lower for the former than for the latter case.

[Figure 16 hereabouts]

6. Conclusions

The rate of combustion of lignite char in air and oxy-fuel was measured experimentally in a
fluidised bed for a range of temperatures between 1023 and 1223 K. A useful component of the
experimental apparatus was the UEGO sensor, which enabled very rapid measurements of the oxygen
partial pressure in the off-gas. It was shown that the sensor operated as if it were a total combustion
meter, measuring the concentration of O, which would result if all the char were to burn to CO,.
Carbon balances for the batches of char were, for most cases, above 95%, indicating accurate
measurements of the oxygen partial pressures and justifying the use of this sensor for this type of
application. For combustion in air the reaction was found to be externally mass-transfer limited, based
on there being little temperature dependence of the overall rate of conversion. At low temperatures,
e.g. 1023 K, initial reaction rates of lignite char at identical [O,] were found to be smaller in an
0,/CO, atmosphere compared to O,/N, mixtures and corresponding burnout times were longer in oxy-
fuel. These differences were explained by the lower diffusivity of gaseous components when
immersed in an enriched CO, atmosphere. However, at high temperatures, e.g. 1223 K, initial reaction
rates of lignite char at identical concentrations of O, were found to be larger in an oxy-fuel
atmosphere compared to those in mixtures of oxygen and nitrogen. Burnout times were, respectively,
shorter for the former than for the latter case. This was attributed to the more significant rates of
gasification of carbon with CO, under oxy-fuel conditions at high temperatures. The point at which
oxy-fuel rates become more significant than those in air depends not only on temperature, char
particle size, and coal rank (the latter two not investigated in this work), but also on the concentration

of O, in the fluidising gas, e.g. T ~1023 K with yg, ., = 0.025 and T ~1123 K with y, ., = 0.209.
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A mathematical model coupling the intrinsic kinetics of the gasification and combustion of
lignite char with the mass transfer limitations surrounding the particle of char was developed.
Differences in the temperature between the particle and the bed were estimated and found to be

~58 +4 K for air-firing combustion and 45 +8 K for oxy-fuel when y, ,,, = 0.209. This rise of the

temperature of the particle had a significant effect for the model predictions with oxy-fuel but was

almost negligible for air combustion. With y, ,,, = 0.025, the particles of carbon were found to burn

very close to the temperature of the bed. There was excellent agreement between the modelled and
observed rates of carbon conversion at 7, < 1173 K. At higher temperatures, the model overestimated
the results if no intra-particle mass transfer was considered for the gasification reaction. The model
further supported the notion that the gasification reaction at the surface is responsible for the non-zero
activation energy for oxy-fuel combustion and that the combustion reaction is largely unaffected
except in so far as the concentrations at the surface change. Finally, the good agreement between the
predicted and the observed rates suggest that oxidation of CO occurs well away from the particle as

the oxy-fuel rates were found to be sensitive to changes in the temperature of the particle.
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Appendix A: Determination of the thickness of the boundary layer, 6

Determining an appropriate value of the boundary layer thickness, J, can be problematic;
nevertheless it is a key parameter in Stefan-Maxwell problems. Paterson and Hayhurst [65] gave the

following correlation to determine ¢ in terms of the Sherwood number, Sh
Sh = Shy| 1 il Al
= + —
o| 1455 (A1)

where Shy is the Sherwood number for the stagnant case, given for a fluidised bed by Sh, = 2e¢,,; with
eny being the voidage at incipient fluidisation. Eq. (A.1) was originally derived from first principles for
equimolar counter- diffusion but it has been shown [66] to apply equally to non-equimolar problems.
Many correlations are available in the literature for the determination of S/ based on bed parameters
and most are modified forms of the Frossling equation [67] for mass transfer in a fluid medium, i.e. no
particulate phase: Sh=2.0 + 0.69Re">Sc'”. Hayhurst and Parmar [68] have shown that, although the
theoretical basis of these modified correlations is sound, they do not adequately match
experimentally-measured values of Sh. Based on extensive experimental measurements of Sk for
different temperatures, size fractions of sand, superficial velocities, and initial diameters of a graphite

sphere, they found that Sk was best correlated by

U.d 0.48 y 1/3
Shiscn zzgmf+o.61( "V ”J [—j (A.2)

with ¢,, = 0.4 for particles of sand and U, being the gas velocity in the particulate phase, given by
[69]:

T

U,=U,/(l-¢, ){1 —gln(l —ﬁj} . (A3)

Here, ¢, is the voidage due to bubbles in the fluidised bed and v the kinematic viscosity of the gas.
The bubble voidage was determined from the two-phase theory of fluidisation as:
3 v-U,, B H-H,,

U, H

€p

(A.4)

where H and H, are the heights of the fluidised bed when fluidised, respectively, by superficial gas
rates of U and U,,; and the bubble rise velocity, U, = U — U,,,+ 0.71 l(gdb,m)o‘5 [70], where d,,, is the
mean bubble diameter. An estimate of d,,,, as a function of the height above the distributor plate, 4, is

obtainable from the correlation of Darton et al. [71]:
dy () = 054U —U g )" (h + a4, )0'8 /g2 (A.5)

Here, A, is the distributor area per orifice and can be approximated as zero for a porous plate
distributor. In the model the mean bubble diameter was taken to be half the diameter of a bubble at the

top of the sand (4 = H).
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Strictly speaking, the above correlation for Shgvcp, viz. Eq. (A.2), only really holds for the case
of equimolar counter-diffusion of O, towards a reacting carbon particle and of CO, away from the
particle, i.e. Reaction ( 2 ). However, if CO is the only product from oxidizing carbon, there is no
longer equimolar counter-diffusion of the reactant O, and the product CO. If both CO and CO, are
produced at or very close to the carbon particle, i.e. Reactions ( 1 ) and, or, ( 3 ), the error in assuming
Sh = Shgymcp 1s less than 10% [66]. Additionally, the CO produced during the combustion of carbon
will, at least in principle, burn to CO, in a boundary layer around the particle. In that case the net
effect is of CO, being a primary product of oxidation. However, it has been shown that the presence
of sand around a burning carbon particle in a fluidised bed somewhat inhibits the oxidation of CO to
CO, [45],[66]. For this work, a rigorous derivation was made to relate Sh and Shgycp. It follows the
line of the analysis of Hayhurst [66] but considers both CO and CO, as the products of combustion.

Firstly, if at the surface of a burning particle y = Jco/Jco,, then from Eq. ( 22 ) the molar fluxes of

CO and CO; can be related, respectively, as Jeo, = -Jo,/( /2 + 1) and Jeo = - pJo,/( /2 +1). Now,
treating the nitrogen in the air as the balancing component in the Stefan-Maxwell equations gives

C dyo2 _ yOZJCO _ycoJoz +y02Jc02 _ycoz']oz _yN2J02
T D D pE (A.6)

03.C0 07,003 02.N3

Here D7 = D, jg/ 72 and it was assumed that the diffusivities D, ;
. , ,

are equal to some mean value
of diffusivity. This assumption of equal diffusivities introduces only a slight error, swamped to a large
extent by the uncertainty in determining the value of S# from the available correlations. In this study
and strictly for the determination Sk, the mean diffusivity for the experiments under air combustion
was taken as D = Do, x, while for oxy-fuel combustion D = Do, co,.

Now, substituting the above correlations of Jco, and Jco in terms of Jo, and y in Eq. (A.6) gives

Jo

) :_( ] dr ' (A7)
1+7y02
Y

The rate of consumption of carbon per particle is Q = —¢md f,JOZ , where ¢ is the stoichiometric
coefficient of Reaction ( 23 ), ¢=(y+1)/(y/2+1). Substituting for Jo, in Eq. (A.7) and integrating
from r=d, > and y, =yo, ; = Vo, pux On €ach side of the equation, the rate of consumption of

carbon per particle, Q, can be rewritten as

b4
+ Yo, bulk
& +1 +2° 7"
0=4m,pE c, WDy 7 (A8)
T Y 1+ 14 y
y+2 0258
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where yo ; and yo ;0 are the mole fractions of O, at the surface of the particle and in the bulk

. . . . &
phase, respectively. This combustion rate was scaled by a factor of (Shgmcn/Sho with Shy =—-) to
T

take account of the additional mass transfer by convection [66]:

(7 +1) + ) Yo, bulk
O =2md ,DCrShgycp In| . (A.9)

7
 ———
y+2y02,s

The mass transfer coefficient, kg , can be defined by O = ¢md f,kgAC where AC is the change in

the concentration of oxygen from the bulk flow to the surface of the char, ie.

AC=C; (yoz’bu,k — Yo, ) Hence, in this case

Y
L+ —"—Y0, puik
Sh D +2 1 +2° 7
kg:[ EMCD J(V j Inl 4 (5‘10)

d, Y ) Yoy, buik = YO, 1+ 7

and, as Sh=k,d, / D, the Sherwood number for the combustion of a char particle to a mixture of CO,

and CO can be related to Shgycp by

1+ ——Y0, bui

Sh:(y+2j : In L2 Shevcn - (A.11)
V) YO,bulk = Y0, 1+ yo. .
y427

Eq. (A.1) can now be combined with Egs. (A.2) to (A.5) and (A.11) to give a reasonable estimate of
the boundary layer thickness, J.
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Table 1.
Ash content and elemental analysis of Hambach lignite char.
Elemental analysis
Ash content Sulphur Carbon Hydrogen Nitrogen Oxygen
8.76 wt.% 0.60 wt.% 85.69 wt.% 0.82 wt.% 0.84 wt.% 3.29 wt.%
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Table 2.
Estimated intrinsic kinetic parameters in Eq. ( 8 ) and activation energy, E;_x,, in Eq. (9) in the study of

gasification of Hambach lignite char by Saucedo et al. [35].

Parameter Units Value

T K 1048 - 1248
d, um +600, -1000
2ck, mmol s g’ 1.26x10"exp[-34880/7]
2ck, mmol s g bar™ 2.56x10%exp[-24050/T]
kalky bar 4.92x10%exp[-10830/7]
E; iy kJ mol™ 91.0
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